A C C E P T E D M A N U S C R I P T diameter calcium alginate macrocarriers. Particle tracking was employed to assess the influence of flow channel angle and direction upon the radial flux of the carriers within the vessel. Unidirectional angled (45 o ) flow channels generated swirling fluidization of the macrocarriers; increasing particle radial velocities by up to 5.2 times (compared to their vertical flow channel counterparts) at a liquid superficial velocity of 0.0047 m/s. Swirling fluidization also generated particle bed heights up to 52% higher than vertical flow channels. Bi-directional flow channels improved the spatial uniformity of particle radial velocity. In addition, the angular flow channels generated axial velocity gradients that facilitate fluctuations in the height of fluidized particles, thus counteracting elutriation. Finally, lower liquid flow rates and interstitial velocities were required to mix the particles, thus leading to lower hydrodynamic stresses introduced into the 
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Introduction
The formation and use of multiphase flow is present in a number of industrial applications, from power generation, to the pharmaceutical, biotechnologies and food industries. The control and understanding of multiphase flows is paramount for industries such as the fine chemicals/catalysts sector, which alone is worth over £75 billion/year to the UK economy (Matar, 2015) . Many of the applications that possess liquid-solid multiphase flows exhibit solids with a significant distribution of sizes, densities and shapes: Properties that can have an important influence on the flow and mixing of the solid phase.
Fluidized beds in particular are used in a variety of manufacturing processes including food, chemical, petrochemical, pharmaceutical and crystallisation among others (Carlos and Richardson, 1968; Fan, 1996; Jain et al., 2017) . The mass and heat transfer characteristics associated with solids fluidization using a fluid "carrier" phase, facilitates its application as a reactor, a fluidized bed combustion system, solids coating, and fluid catalytic cracking, among others.
In the bioprocess industry, fluidized bed bioreactors have been utilised for the growth of adherent cells upon porous macrocarriers (Warnock and Al-Rubeai, 2006) , however, their commercial use in the production of cell therapies is limited. Fluidized beds do not suffer from the high localised shear stresses present in mechanically stirred bioreactors such as stirred tanks, due to the carrierinduced mixing (Andrews, 1988) . Furthermore, the high mass transfer interface, generated by the
moving liquid and solids, engenders enhanced mass transfer characteristics compared to other mixing systems (Preissmann et al., 1997; Warnock and Al-Rubeai, 2006) . The limited radial dispersion of solids observed within fluidized bed bioreactors is well known, with studies suggesting that radial particle dispersion coefficient are lower by an order magnitude, than their axial counterparts (Gabor, 1964; Shi and Fan, 1984) .
In order to enhance mixing of solids in the horizontal plane, studies have looked at introducing a tangential flow to the vertical flow to induce a swirling motion (Li et al., 2010) , whilst Ouyang and Levenspiel (1986) used a series of overlapping plates shaped as sectors of a circle to fabricate a spiral distributor that allows an angular inlet of flow. The swirling fluidization technique facilitates a reduction in pressure drop required to expand the bed of particles (Miin et al., 2015; Ouyang and Levenspiel, 1986) , which, from a bioreactor design perspective, reduces the pumping (and hence power requirements) in addition to the lower interstitial velocities experienced by cells immobilised on the solid phase. Recent Particle Tracking/Image Velocimetry investigations have been performed on fluidized beds incorporating these spiral distributors Sulaiman et al., 2016) . The studies note a Gaussian distribution of velocity along the radial line and an increase in particle velocity as the inclination angle was increased from the horizontal plane.
These spiral distributors do not enable swirling fluidization to be induced in the central half of the vessel, due to the arrangement of the overlapping sections. In addition, the ability to utilise particles smaller than 6 mm in diameter was precluded at higher inclination angles due to the potential weeping of particles below the distributor. Typical swirling fluidized beds also possess limitations regarding the ability to introduce angular flow in multiple directions.
With the establishment of 3D-printing as a cost-effective manufacturing strategy, the ability to fabricate complex geometries can aid the development of novel flow distributors, to mitigate 
Materials and Methods

3D-Printed Flow Distributors
The 3D-printed flow distributors were first designed using Autodesk Inventor (California, at a vertical resolution of 50 µm and horizontal spot size of 140 µm. The components were printed using the Clear FLGPLC02 resin, washed twice with ethanol for 10 mins and post-cured according to the manufacturer's instructions. The flow distributors were also printed using a Makerbot 3D-printer (fused deposition modelling technology) using a 50% infill, polylactic acid resin and a vertical resolution of 200 µm. There was negligible difference in particle bed fluidization noted using both 3D-printing technologies. Which is important from a manufacturing perspective, given the range in costs associated with the variety of additive manufacturing methods commercially available.
The uni-axial angular flow designs were developed to introduce effective radial flux of the macrocarriers, as well as variation in axial fluid velocity to reduce the influence of elutriation (particle segregation by size) on particle mixing. The bi-axial flow channel configuration was developed to augment the random nature of particle and fluid movement (to increase uniformity of cell, macrocarrier and nutrient distribution), while maintaining the benefits of swirling fluidization. 
Particle Tracking Video Acquisition Set-Up
The calcium alginate beads under fluidization were tracked by video acquisition. A diagram of the experimental set-up for the particle tracking video acquisitions is shown in Figure 2 The plenum chamber of the fluidized bed was filled with 250 mL of 6 mm diameter acrylonitrile butadiene styrene beads (ABS), to aid in the homogenisation of the in-coming fluid. The fluid was then pumped up through the vessel to mix and fluidize the bed of calcium alginate beads.
The calcium alginate beads were prepared by electrospraying a 2% alginate solution into a beaker of calcium chloride. The beads were measured to be 3.014 mm (s.d. 0.068) in diameter with a density of 1.08 g/cm 3 (measured from 100 mL of calcium alginate beads). Calcium alginate beads are naturally white/translucent, so a portion of beads were prepared with black colouring to facilitate particle tracking in later image processing steps. 95 mL of white/translucent beads were prepared for the fluidized bed, and 15 black coloured beads were added to the 95 mL bead bed. A video acquisition of the fluidized particles was acquired at a rate of 25 frames per second, for a minimum of 10 seconds. The videos were then saved for post-processing particle tracking.
Figure 2: Schematic diagram of particle tracking video acquisition experimental set-up.
Particle Tracking Image Processing
The particle movement was assessed for superficial liquid velocities of 3.1, 3.9, 4.7, 5.5, 6.3 and 7.1 mm/s, corresponding to 40%, 50%, 60%, 70%, 80% and 90% of the pumps capacity, respectively. These superficial velocities are obtained from the vessel cross-sectional area; the corresponding flow channel exit velocities are 0.016, 0.020, 0.024, 0.028, 0.032, 0.036 m/s, respectively. Once the videos were acquired and saved, they were processed using MATLAB. The videos were decomposed into individual frames, at 0.08 second time increments. Figure 3 summarises the steps performed during the particle tracking algorithm. The images were converted
from colour to grayscale (Fig. 3a) using a weighted average of the three colour channels i.e. 0.299, 0.587 and 0.114 for red, green and blue channels respectively. The grayscale image pixel values were inverted (to convert the black beads to white) as shown in Fig. 3b , before applying a Laplacian of Gaussian filter to further highlight the coloured beads whilst reducing the amount of background noise within the image (Fig. 3c) . This pre-processing step also results in a slight reduction in the size of the particles. Particle tracking algorithms were adapted from open source code banks (Blair and Dufresne, 2008) . The tracking algorithm was first used to locate the particles by assuming that local maxima in pixel intensity corresponded to a particle to be tracked. A size criterion of 20x20 pixel kernels (image resolution of 0.1 mm/pixel) and a peak value of 0.6 (in a binary image of 0 to 1) was selected in order to ensure that only objects of a particular size and focal plane was tracked. However, given the tidal form of the particles in wave motion, a precise determination of the vertical height of each particle throughout its path was not achievable under the experimental conditions used. Each pixel above a set threshold was investigated to assess if it was brighter than its neighbours. The peaks within a specified size range from each other were compared to select and keep the brightest peak. The co-ordinates of the centroids corresponding to each peak were then obtained and a tracking algorithm applied to identify particles in consecutive images that had moved within 30 pixels of each other. The tracked particles were tagged and collated into a table of particle identification numbers and their corresponding location in space and time.
Figure 3: Image processing steps for particle identification showing: a) raw particle image in grayscale; b) inverted particle image and c) binary conversion (post smoothing via Laplacian of Gaussian). The greater uncertainty (as calculated using Equation 2) observed at the shallower flow channel angles, can be explained by an increased two-way coupling of particle and liquid momentum transfer at greater radial particle velocities. 
Particle Tracking Statistical Analysis
Results and Discussion
Particle Motion
Particle motion in the radial plane is pertinent in many fluidized bed applications. Figure 6a illustrates the significantly lower radial movement of particles using the traditional vertical flow distributor design. Under swirling fluidization (Fig. 6b) , the particles travel in an orbital pattern akin to a rotational vortex. The flow within a rotational vortex rotates like a rigid body i.e. the orbital speed at the perimeter is the same as that close to the centre. Thus given the larger orbital distance close to the perimeter of the vessel, the particle velocities are higher. This is further quantified in Figure 10 , which displays particle velocity with respect to radial distance from the vessel centre-point. Figure 6c shows a uniquely random movement of particles with a variety of patterns traversing the cross-section of the vessel.
The random nature of the particle movement leads to increased particle collisions and hence lower particle velocities than under swirling flow. The uni-directional movement of particles is also likely to contribute to greater velocities under swirling flow, which would be explained by greater conservation of momentum under swirling flow 
Theoretical Considerations
To mathematically describe the particle-laden flow exhibited in this study, the classical NavierStokes equations require modification to take into account the influence of the carrier fluid (in this case water) upon the particles. The particles can be influenced by the carrier and/or vice versa, in addition to the size, density and concentration of the particles. The simplified momentum equation for a particle is:
Where and represent the particle and carrier fluid velocity, respectively, and is the relaxation time of the particle. Parameters such as buoyancy, pressure gradient and added mass were considered negligible for simplicity. The relaxation time represents the time taken for a particle to respond to changes in velocity of the carrier fluid. For particles that are much smaller than the Kolmogorov length scale, the lift forces have been shown to be of the same order of magnitude as the drag forces (Meller and Liberzon, 2015) . This is not applicable to the current study given the large size of the beads. According to Burton and Eaton (2005) , for a homogenous flow around a fixed particle, the Stokes drag is the dominant term in the particle equation of motion. Whilst the history term, fluid pressure gradient and viscous stress were observed to be
small. This holds true for particles twice the size of the turbulence eddy Kolmogorov scale (Burton and Eaton, 2005) . In this study, the drag term is considered the dominant interaction between the fluid and the solid phases. The relaxation time can be estimated using Stokes drag assumption (Brennen, 2005 ):
The drag term CD is a function of the relative particle Reynolds number. 
Ensemble-averaged particle Reynolds numbers measured from the tracked particle data were below 100 for the experiments conducted in this study. The relaxation time can also be calculated from the tracked velocity data. The trapezoidal scheme was used to integrate Equation 2 (Ansys, 2003) :
Where n is the sequential tracking number for a particle.
The particle relaxation represents a timescale of the particle's reaction to changes in the liquid phase velocity. However, localised carrier phase velocity was not obtainable in the experiments conducted. Thus when applying the above equations, the carrier fluid interstitial velocity is kept constant for each liquid flowrate investigated. For this reason, the tracked particle velocity relative to the carrier phase interstitial velocity (in absolute terms) was used when calculating the particle relaxation time, as determined using , may perhaps be due to the additional particle-fluid interaction forces that were not considered in this study. The particle relaxation time at 15 o ( Figure 8a ) for both the particle tracking and the drag only theoretical estimation, indicates that the assumption of the drag force being the dominant component of the particle equation of motion holds true at these conditions. However, at increasing fluid velocity
and flow channel angles the particle tracking derived relaxation time increases drastically. This indicates that an additional force is acting upon the particles, which could be the increased particlewall interactions observed at the higher angles. Thus, the efficiency of momentum transfer from the carrier fluid to the particle reduces as both the flow channel angles and liquid velocity increase. 
Swirling Flow Transition
To assess the velocity characteristics of the particle-laden flow throughout the transition to swirling flow, a normal probability density function (PDF) was determined using Equation 11: angles/flow rates, albeit with a relatively broader distribution of velocities (in proportion to the mean particle velocity). The particle acceleration/deceleration noted can be observed in wave type particle motion which was also observed by Sreenivasan and Raghavan (2002) . Thirdly, at the highest flow rates and angles tested (0.036 m/s and 45 o ), a full-bodied particle swirling motion is observed qualitatively. Quantitatively this correlates to an increase in mean velocity but a slight narrowing of the PDF. Although there is still fluctuation in the particle velocities, the sharp periods of acceleration/deceleration are not as profound. Thus, particles are orbiting with a more consistent speed. The particle bed height used in this study is relatively shallow (0.021 m packed bed height), thus the two layered flow regimes observed by Sreenivasan and Raghavan (2002) were not noted in the investigations performed. 
Radial Particle Mixing
Although uni-directional angled flow channels can generate ensemble-averaged velocities (under swirling flow) more than 5 times greater than values measured using typical vertical flow channels, the spatial distribution of these velocities is not uniform. The swirling nature of the flow enables prolonged movement of the particles, through conservation of particle momentum. However, this then leads to defined streamlined trajectories of the particles. Thus, when the aim of fluidization is to thoroughly mix the solid phase, greater complexity in the induced flow is required. Figure 10 shows particle velocities with respect to their radial location for flow distributors with uni- random movement of particles in the axial direction, compared to the more streamlined nature of particle movement under swirling fluidization. To further characterise particle mixing, the meansquare-displacement (MSD) of particles can be used to measure particle dispersion, with the equation show below (Kiared et al., 1997) : 
Concluding Remarks
The use of fluidization technology for cell therapy manufacturing applications requires careful consideration of the complex flow induced. In addition, the limitations associated with the use of fluidized beds e.g. pressure drop, liquid velocity and macrocarrier mixing, must be optimised to provide the most auspicious environment for the cells as possible. The study presented demonstrates that careful design of the flow channel architecture within 3D-printed flow distributors can be used to generate complex mixing regimes. The swirling flow distributors generated particle radial velocities up to 6 times greater than their non-swirling counterpart.
Furthermore, the swirling fluidization facilitated a greater expansion in bed height, which also led to a reduced particle Reynolds number. Bi-directional angled flow distributors provided even greater unpredictability to the particle movement, which is a desirable feature from a bioreactor operation perspective, with uniformity in cell and carrier distribution a key parameter during cell culture. A note must be made of the increased particle-wall interaction that occurs during swirling fluidization at high flow rates. At low flowrates and flow channel angles, the drag forces dominate the particle flux. However, at 45 o with V FCE from 0.028 m/s upwards, particle-wall interaction becomes a key parameter. Therefore, the optimal flow rates for a given system should consider these limitations. Nevertheless, the flexibility and precision of 3D-printing can be utilised to tailor the flow in a variety of systems.
To further optimise the developed designs, computational fluid dynamics is a clear next step. 
